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Abstract
This study determines the energy benefit of advanced stripper configurations for 8 m PZ, 7 m MDEA/2 m PZ, and 5
m MDEA/5 m PZ.  Three novel configurations were tested: (1) interheated stripper, (2) two-stage flash with cold rich
bypass, and (3) two-stage flash with cold rich bypass and a low temperature adiabatic flash.  Generally, increasing the
complexity improved process performance, but in some cases the improvements were too marginal to justify the
additional capital cost.  Configuration 3 has the added benefit of removing entrained oxygen before feeding the
solvent to the high temperature flash vessels, but its energy performance is very sensitive to operating conditions. 
This paper also describes the creation of a thermodynamic, hydraulic, and kinetic model in Aspen Plus® that predicts
experimental data for 8 m PZ, 7 m MDEA/2 m PZ, and 5 m MDEA/5 m PZ over operationally significant
temperature and loading ranges.  The next step in this work will include conducting techno-economic studies to
quantify the capital and operating cost tradeoffs associated with these novel configurations.
© 2013 The Authors. Published by Elsevier Ltd.  
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1. Introduction
Previous work on advanced stripper configurations has focused on one tradeoff: improving process
reversibility in exchange for process complexity.  By operating several columns and vessels at several
temperatures and pressures, the desorption of CO2 can be accomplished with much smaller driving forces,
thus improving process reversibility.  Van Wagener (2011) simulated several process configurations for
monoethanolamine (MEA) and piperazine (PZ) including multi-stage flash, interheated column, and cold
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rich bypass.  Relative to the simple stripper, each of these configurations applies heat and/or strips CO2 in 
more steps using smaller heat and material driving forces.  The relative advantages of these 
configurations varied from one amine to another, suggesting that a relationship may be established 
between amine bulk properties and the potential advantages of particular process configurations.  This 
study both expands the set of amines tested in these advanced configurations to include mixtures of 
methyldiethanolamine (MDEA) and PZ and develops novel multi-temperature/multi-pressure 
configurations that improve process reversibility. 
2. Methods and Theory 
2.1 Modeling Amine Thermodynamics 
 
A thermodynamic model was regressed in Aspen Plus® for MDEA, PZ, and MDEA/PZ blends.  A 
sequential regression was performed to regress amine pKa (Hamborg, 2007; Hetzer 1968), loaded and 
unloaded heat capacity (Nguyen, 2009; Weiland, 1997), CO2 solubility (Chen, 2010; Jou, 1982; Xu, 
2010), CO2 activity coefficient, speciation, and loaded and unloaded amine volatility data.  Activity 
coefficients were calculated using the electrolyte-
components, and equilibrium constants were calculated from Gibbs free energy of formation ( G0f), 
enthalpies of formation ( H0f), and component heat capacities (CP0) according to Equation 1.  This is an 
improvement over the models developed by Hilliard (2008) and Bishnoi (2000).
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oC-30 oC) CO2 solubility, speciation data for 
7 m MDEA/2 m PZ and 5 m MDEA/5 m PZ, and amine volatility in loaded solutions have all been 
measured since the completion of the Fawkes model, and they have been regressed into Independence. 
 
2.2 Modeling Amine Hydraulics 
 
Density and viscosity data were regressed in MicrosoftTM Excel and incorporated into Aspen Plus® using 
user-supplied FORTRAN subroutines.  Density and viscosity were calculated using Equations 2 and 3, 
respectively.   
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In Equations 2 and 3, xi is component mole fraction, wAm is weight fraction of amine,  is loading, and T 
is temperature in K. Both of these equations are similar in form to those developed by Weiland (1998).  
Both equations had to be modified to include terms for both MDEA and PZ.  Every weight fraction of 
amine term (wAm) in Equation 2 was split into wMDEA and wPZ.  These equations differ from those used in 
the Fawkes model in that they are referenced to pure water.  This expands the applicability of the 
Independence model to include more dilute solutions that you might see in a water wash. 
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2.3 Modeling Amine Kinetics 
 
Binary diffusivities and CO2 absorption rates were regressed using a wetted wall column simulation to 
adjust reaction rate constants.  The final model predicts CO2 flux within 20% for 5 m PZ, 8 m PZ, 7 m 
MDEA/2 m PZ, and 5 m MDEA/5 m PZ, with an average deviation of 5.0%.  Figure 1 compares the 
experimental (Chen, 2010) and predicted CO2 fluxes. 
 
 
Figure 1: Comparison of experimental and predicted CO2 
10 oC 100 oC. 
 
Compared to the Fawkes model the Independence model expands both the temperature range and the PZ 
concentration range.  Fawkes did not include data below 40 oC or the 5 m PZ data.  Independence also has 
a smaller average deviation than the Fawkes model (7.0%). 
 
2.4 Absorber modeling 
 
The rich solutions used for the stripper modelling were generated using a rate-based absorber model in 
Aspen Plus®.  The column was split into three sections of equal height with a pumparound extracting 75% 
of the solvent from the bottom of the second section, cooling it to 40 oC, and feeding the solvent back into 
the top of the second section.  All three sections were set to be the same height, but they did not have the 
same packing.  The top and bottom sections used Mellapak 250X whereas the middle section used 
Mellapak 125X.  The column diameter was set to 80% flood in the second section, and the total column 
height is such that 90% of the CO2 is removed using a liquid flow rate corresponding to 1.1 times the 
minimum.  Figure 2 illustrates the reasoning behind this convention, and Figure 3 gives a process flow 
diagram for the intercooled absorber. 
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Figure 2: L/G (mol/mol) as a function of absorber height for 8 m PZ with a lean solution containing 
0.32 mol CO2 per mole of alkalinity at 40 oC. 
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Figure 3: Process flow diagram for intercooled absorber. 
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As the column height increases the marginal benefit of reducing the liquid flowrate decreases.  As the 
column height decreases the liquid flowrate increases rapidly.  At the point on the curve corresponding to 
1.1 times the minimum liquid flowrate, it appears to be at an optimum.  Of course the true optimum point 
can only be determined through a rigorous techno-economic analysis, but this convention will standardize 
the experiments in the study so that they can be directly compared.  Using this convention 8 m PZ, 7 m 
MDEA/2 m PZ, and 5 m MDEA/5 m PZ were tested over a wide lean loading range to determine solvent 
capacity.  Figure 4 reports solvent capacity for both the intercooled and non-intercooled absorber. 
 
 
Figure 4: Capacity as a function of lean partial pressure of CO2 for 8 m PZ, 7 m MDEA/2 m PZ,    
and 5 m MDEA/5 m PZ at 40 oC in an intercooled and non-intercooled absorber 
 
Intercooling improves solvent capacity for every amine.   The most marked improvement was observed 
for 5 m MDEA/5 m PZ, which experienced an 80% increase in capacity at the nominal lean loading of 
500 Pa.  However, this comes with added capital cost.  The intercooled absorber must be approximately 
3x the size of the non-intercooled absorber.  In the cases of 8 m PZ and 7 m MDEA/2 m PZ the 
intercooled absorber must be twice as tall.  The column heights are summarized in Table 1. 
 
Table 1: Absorber height corresponding to 90% removal at 40 oC for 8 m PZ, 7 m MDEA/2 m PZ, and 5 
m MDEA/5 m PZ with an equilibrium partial pressure of 500 Pa in the lean solvent 
 
Amine 
Non-
Intercooled 
Height (m) 
Intercooled 
Height (m) 
8 m PZ 9.4 21.0 
7 m MDEA/2 m PZ 11.5 23.0 
5 m MDEA/5 m PZ 9.5 30.0 
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2.5 Interheated Stripper 
 
The first advanced stripper configuration is the interheated stripper, which can be found in Figure 5.  The 
interheated stripper recycles heat from the rich solution leaving the bottom of the stripper back into the 
middle of the column, thus reducing the amount of heat exchanged in the main cross-exchanger and 
lowering the temperature of the rich solvent entering the top of the stripper. Two and a half meters of 
Mellapak 250X packing is included above and below the point where solvent is removed and returned for 
interheating.  A lower temperature at the top of the stripper will reduce the energy losses associated with 
steam generation.  The cross-exchanger associated with the interheating is specified to have a 5 oC 
LMTD, whereas the main cross-exchanger is designed for a 5 oC cold-side approach.  The reboiler 
temperature was set to 150 oC for 8 m PZ and 120 oC for 7 m MDEA/2 m PZ and 5 m MDEA/5 m PZ.   
 
Stripper
120-150oC
4-14 bar
Mellapak 250X
Heat Exchanger
5oC Cold Side
Rich Pump
Rich Amine
To Compressor
150 bar
Lean Amine
Trim Cooler
Heat Exchanger
5oC LMTD
Valve
 
Figure 5: Process flow diagram for interheated stripper 
 
2.6 Two-Stage Flash (2SF) with Cold Rich Bypass (CRB) 
 
Just as with the interheated stripper, the 2SF with CRB cools the exiting vapor to minimize steam losses.  
Anywhere from 5 30% of the solvent is removed after passing through a cross-exchanger, where it was 
heated by the lean amine.  The 70 95% that is not bypassed goes directly into another cross-exchanger, 
where it is again heated by the lean amine before being fed into a heated high pressure flash vessel.  Half 
of the cooler amine removed before the second cross-exchanger is sprayed into the top of the vessel and 
passes through 1 foot of packing.  The other half is sent to the low pressure flash vessel.  The first cross-
exchanger is designed with a 5 oC cold-side approach, and the second cross-exchanger is designed with a 
5 oC LMTD.  Both flash tanks are heated to the same temperature.  For 8 m PZ they are heated to 150 oC, 
and for the MDEA PZ blends they are heated to 120 oC.  This configuration can be found in Figure 6.  
The optimum case had a 7.5% bypass, with 5% going to the low pressure flash and 2.5% going to the 
high pressure flash.  At the top of each flash tank is 1.5 ft of Mellapak 500Y packing.  The pressure of the 
high pressure flash was fixed at 1.5 times that of the low pressure flash. 
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Figure 6: Process flow diagram for 2SF with CRB 
 
2.7 2SF with CRB and a Low Temperature Flash (LTF) 
 
This configuration is very similar to the one in Section 2.4, except it has an additional low temperature 
adiabatic flash immediately after the first cross-exchanger (Figure 7).  This flash serves two purposes: (1) 
it makes the process more reversible by removing the CO2 in more steps, and (2) it removes any entrained 
oxygen before introducing the solvent to the higher temperature flash vessels.  The same temperature and 
pressure constrains applied to the 2SF with CRB were applied to this configuration.  For 8 m PZ the flash 
tanks were held at 150 oC, and for 7 m MDEA/2 m PZ and 5 m MDEA/5 m PZ they were held at 120 oC.  
The pressure of the high pressure flash was fixed to be 1.5 times that of the low pressure flash.  A total of 
7.5% of the solvent was bypassed with 5% going to the low pressure flash and 2.5% going to the high 
pressure flash.  At the top of each flash tank is 1.5 ft of Mellapak 500Y.   
 
 
Figure 7: Process flow diagram for 2SF with CRB and LTF for oxygen removal 
3. Results and Discussion 
Table 2 reports the equivalent work in kJ/mol CO2 for each amine using the three advanced stripper 
configurations as well as the simple stripper.   
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Table 2. WEQ (kJ/mol CO2) for 8 m PZ, 7 m MDEA/2 m PZ, and 5 m MDEA/5 m PZ with an intercooled 
absorber and a simple stripper (SS), interheated stripper (IH), two-stage flash  with CRB (2SF/CRB), or 
two-stage flash with CRB and LT flash (2SF/CRB/LTF) assuming a 500 Pa lean loading equilibrium 
PCO2.   
Amine SS IH  2SF/CRB 2SF/CRB/LTF 
8 m PZ 32.5 29.9 27.4 27.5 
7 m MDEA/2 m PZ 33.9 33.0 31.5 30.7 
5 m MDEA/5 m PZ 33.0 31.6 29.1 29.1 
 
Equation 4 was used to calculate equivalent work, and Equations 5 and 6 were used to calculate 
compressor work. 
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In Equation 4, Qi is the reboiler duty, Tsink is 313 K, and Ti is the reboiler temperature.  In Equations 5 and 
6, Pin is the total pressure of the stream being fed into the compressor.  Adding interheating to the stripper 
reduces the equivalent work by 1 2.5 kJ/mol CO2.  This improvement may be attributed to the reduced 
steam losses.  Table 3 reports the steam losses for the three solvents with a simple stripper and an 
interheated stripper.   
 
Table 3: Relative molar quantities of CO2 and H2O in the product streams of a simple stripper (SS) and 
interheated stripper (IHS) for 8 m PZ, 7 m MDEA/2 m PZ, and 5 m MDEA/5 m PZ when using a lean 
loading corresponding to a 500 Pa equilibrium partial pressure of CO2 
 
Amine SS molar 
ratio of 
CO2:H2O 
IHS molar 
ratio of 
CO2:H2O 
8 m PZ 2.4 5.4 
7 m MDEA/2 m PZ 2.1 2.4 
5 m MDEA/5 m PZ 2.7 3.4 
 
The greater the change in CO2:H2O the greater the reduction in WEQ.  Adding the adiabatic LTF does not 
significantly impact the equivalent work of the 2SF with CRB configurations.  The LTF impacts process 
performance in two ways: (1) improving process reversibility by removing CO2 in more steps and (2) 
decreasing process efficiency by requiring more mechanical compression for the CO2 removed in the 
LTF.  These results suggest that these effects offset each other, and, if there is significant concern 
surrounding oxidative degradation of the amine, the LTF is a feasible process modification.  Process 
performance has also been greatly improved by using the pumparound intercooling (described in section 
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2.4) rather than simple in-and-out intercooling, where the solvent is removed from the middle of the 
column, cooled to 40oC, and fed back into the middle of the column.  Table 4 compares the equivalent 
work for each stripper configuration using rich solvents generated by both pumparound intercooling and 
in-and-out intercooling. 
 
Table 4: Equivalent work in kJ/mol CO2 for the simple stripper, interheated stripper, 2SF with CRB, and 
2SF with CRB and LTF using rich solvents generated by both pumparound intercooling and in-and-out 
intercooling with a lean loading corresponding to an equilibrium partial pressure of CO2 
 
Model SS IH  2SF/CRB 2SF/CRB/LTF 
Pumparound IC 32.5 29.9 27.4 27.5 
In-and-Out IC 33.5 32.3 31.5 31.5 
 
This improvement in process performance is due to the increase in solvent capacity associated with the 
pumparound intercooling.  Table 5 reports the capacities in moles of CO2 per kilogram of solvent for each 
amine and intercooled absorber configuration with a lean equilibrium partial pressure of 500 Pa. 
 
Table 5: Capacity in moles of CO2 per kilogram of solvent for 8 m PZ, 7 m MDEA/2 m PZ, and 5 m 
MDEA/5 m PZ using a pumparound intercooling and in-and-out intercooling 
 
Model 8 m PZ 7 m MDEA/2 m PZ 5 m MDEA/5 m PZ 
Pumparound IC 0.80 0.80 1.03 
In-and-Out IC 0.72 0.65 0.80 
4. Conclusions 
The thermodynamics, hydraulics, and kinetics of 8 m PZ, 7 m MDEA/2 m PZ, and 5 m MDEA/5 m PZ 
can be regressed and accurately predicted using the same set of parameters.  The pumparound 
intercooling configuration significantly improved process performance by increasing solvent capacity for 
all amines.  Increasing the complexity of stripper configurations does improve process performance, but 
in some instances the improvements may not outweigh the added capital cost.  The interheated stripper 
significantly reduces stream losses relative to a simple stripper, which significantly improves process 
performance.  In the two-stage flash with cold rich bypass configurations adding a low temperature has an 
insignificant effect on process performance.  However, if oxidative degradation is a serious concern with 
the solvent adding this vessel should reduce solvent loss.   
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